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ABSTRACT

This paper analyzes the relationship between flow structure and mass transfer in fast fluidized beds for
Geldart A and B particles. It does this by employing the eight heterogeneous local bed structural param-
eters (Ugg, Ug, Upa, Upe, d, f, €4 and &¢) solved by Wang et al. [W. Wang, ]. Li, Simulation of gas-solid
two-phase flow by a multi-scale CFD approach of the EMMS model to the sub-grid level, Chemical
Engineering Science, 62 (2007) 208-231] using the energy-minimization multi-scale (EMMS) model,
in conjunction with a proposed theory on multi-scale mass transfer (MSMT) in a fast fluidized bed using
the user defined scalars function in the commercial software Fluent 6.2.16 to solve the related mass con-
version equations. The influence of the size and behavior of clusters on mass transfer in fast fluidized
beds is discussed. The reaction in a fast fluidized bed is considered to comprise inside diffusion and out-
side diffusion of the particles as well as intrinsic reaction kinetics. Based on this theory and method, the
decomposition of ozone at ambient temperature is calculated in a fast fluidized bed with average and
local bed structure parameters and the axial and radial dimensionless concentrations of ozone and aver-
aged mass transfer coefficients are compared to experimental data from the literature. The agreement
between calculation and experimental data is good.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Due to the high gas-solid contact area and good mass/heat
transfer of the circulating fluidized bed (CFB), it has been used
successfully in many industrial processes, e.g., combustion of
low-grade fuels, mineral processing, and fluid catalytic crack-
ing. However, because the complicated mechanism between
the fluid dynamics and mass transfer is not clearly under-
stood, the design and scale-up of CFBs is still not an easy
task. The main reason is the existence of solid clusters and
strands in the fast fluidized bed [1,2], leading to great dif-
ficulty in accurately predicting momentum, mass and heat
transfer.

This work discusses the mass transfer aspect of CFB. Many
researchers have employed empirical correlations and theoretical
approaches to predict the dimensionless mass transfer num-
ber inside a fast fluidized bed, e.g., the following empirical
correlation was proposed by Frossling [3] for dimensional analy-
sis:

Sh = 2.0+ K(Re)'/"(Sc)!/™ 1)
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Using the above equation, many authors [4,5] correlated their
experimental data to obtain empirical values of the parame-
ters K, n and m. Davidson and Basu [6,7] proposed that under
a stagnant gas flow, a limiting value of 2 should be mul-
tiplied by the bed voidage, and La Nauze and Jung [8-11]
proposed the following equation based on their experimental
data:

1/2

Usd

Sh=26+069( =PPL)  (sc)1/3 )
EUf

Recently, Paterson and Hayhurst [12] provided further the-
oretical background for this expression. For mass transfer
between a gas and solid in fluidized beds, many theoretical
approaches have been proposed, for example, the steady-state
boundary layer theory as first developed by Tamarin [13],
and later improved by La Nauze [14,15] who proposed an
unsteady-state model based on the frequency of gas renewal,
leading to an improved matching of the model with experiment
[15].

Breault [16] and Scala [17] found that the mass transfer coeffi-
cients differ by up to seven orders of magnitude in the literature;
hence the need for a satisfactory model. The effects of bed struc-
tures on momentum transfer have also been studied [18-21]. Gao
and Chang [22] and Berend and Srdjan [23] employed cluster size
to replace particle diameter in formulating local drag force and
granular temperature, with good results in predicting solid and
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Nomenclature

ap specific surface area of particle (m~1)

ac specific surface area of cluster (m~1)

Ce active component concentration of gas in cluster
phase (kg/m3)

Cd active component concentration of gas in dispersed
phase (kg/m3)

o averaged component concentration of gas (kg/m?)

Csc active component concentration of gas near the sur-
face of particle in cluster phase (kg/m3)

Csd active component concentration of gas near the sur-
face of particle in dispersed phase (kg/m3)

Csi active component concentration of gas near the
surface of particle on the surface of cluster phase
(kg/m?)

Cof averaged active component concentration of gas
near the surface of particles (kg/m?3)

Cpe drag coefficient in cluster phase

Cpd drag coefficient in dispersed phase

Cpi drag coefficient between cluster and gas in dis-
persed phase

Cp averaged drag coefficient

D gas diffusion coefficient (m?2/s)

dc diameter of cluster (m)

dp diameter of particle (m)

f volume friction of cluster phase

K coefficient of mass transfer between gas and parti-
cles swarm in homogeneous gas-particles system
(m/s)

K coefficient of mass transfer between gas and parti-
cles in cluster phase (m/s)

Ky coefficient of mass transfer between gas and parti-
cles in dispersed phase (m/s)

Ky coefficient of mass transfer (m/s)

E averaged coefficient of mass transfer (m/s)

K; coefficient of mass transfer between cluster and gas
in dispersed phase (m/s)

kr the rate of reaction of ozone decomposition (s—1)

M mass of naphthalene transferred from naphthalene
particles to air flow in unit volume of the system
(kg/(m?3s))

M, mass transferred from particles to air due to aggre-
gating and dispersing of the particles in unit volume
of the system (kg/(m3 s))

Mgc mass transferred from particles in cluster phase to
air in cluster phase in unit volume of the system
(kg/(m?s))

Mgyq mass transferred from particles in dispersed phase
to air in dispersed phase in unit volume of the sys-
tem (kg/(m3 s))

My, mass transferred from high-concentration gasin the
cluster/dispersed to the low-concentration gas in
the dispersed/cluster phase by diffusion and seep-
age (kg/(m?s))

M; mass transferred from particles on the surface of
clusters to air in dispersed phase in unit volume of
the system (kg/(m?3 s))

M, the mass of active component entered the element
slice (kg)

Mout the mass of active component exited from the ele-
ment slice (kg)

Ming the mass of active component entered the element

slice in the dispersed phase (kg)

Myyq  the mass of active component exited from the ele-
ment slice in the dispersed phase (kg)

Sc Schmidt number

Sh Sherwood number

tre temperature of gas in cluster phase (K)

tra temperature of gas in dispersed phase (K)

tpe temperature of particles in cluster phase (K)

tpd temperature of particles in dispersed phase (K)

Ur superficial gas velocity (m/s)

U superficial gas velocity in cluster phase (m/s)

Upg superficial gas velocity in dispersed phase (m/s)

Up superficial particle velocity (m/s)

Upc superficial particle velocity in cluster phase (m/s)

Upd superficial particle velocity in dispersed phase (m/s)

Us superficial slip velocity between gas and particles

Usc superficial slip velocity between gas and particle in
cluster phase (m/s)

Usq superficial slip velocity between gas and particle in
dispersed phase (m/s)

Usi superficial slip velocity gas between in dispersed
phase and cluster (m/s)

w mass flux of solid (kg/(m? s))

Greek letters

& voidage

&c voidage in cluster phase

&4 voidage in dispersed phase

&f averaged voidage

& voidage of inter-phase, i.e., the volume friction of
gas except gas in clusters

s viscosity of gas (kg/(ms))

of density of gas (kg/m3)

Op density of particle (kg/m3)

n the internal diffusion effectiveness factor of catalyst

species concentrations that were close to the experimental data.
Cluster behaviors, aggregating and dispersing due to fluid-particle
and particle-particle interactions, thus play an important role in
both momentum and mass transfer [24-26].

Recently, Dong et al. [27,28] employed the multi-scale sub-
grid model developed by Wang and Li [19] and computational
fluid dynamics (CFD) to investigate the influence of flow struc-
ture on local mass exchange between the dispersed and the cluster
phases, and this showed good agreement with the experimental
data. Gidaspow and co-workers [29,30] employed the diameter of
clusters to replace the diameter of particles to study mass trans-
fer on the basis of his granular kinetics theory. So, to characterize
the general process of coupling mass transfer and reaction in a fast
fluidized bed, the influence of bed structure on mass transfer is of
paramount significance.

Our previous work [31] studied the relationships between bed
structure and momentum, mass and heat transfer coefficients in
a fast fluidized bed, but only limited to average parameters. In the
present work, the energy-minimization multi-scale (EMMS) model
[19,32] is employed to calculate the eight averaged and local bed
structural parameters (Ug, Ug, Upg, Upc, de, f, €4 and &c) in fast
fluidized beds, the relationship between mass transfer and bed
structure is analyzed, and a common theory on multi-scale mass
transfer (MSMT) coupled with reaction in a fast fluidized bed is
developed, with due consideration being given to inside diffusion,
outside diffusion of particles and intrinsic kinetics. The coefficient
of mass transfer is calculated on the basis of local and averaged
bed structural parameters. The values from simulation for mass
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Fig. 1. Resolution of structure and gas—particles interaction in fast fluidized bed.

transfer based on the theory are compared with the experimental
results reported by Subbarao and Gambhir [33] and Ouyang et al.
[34].

2. Quantitative description of local structure and
gas—particles interaction in fast fluidized bed

According to the EMMS model [32], which quantitatively
describes the local bed structure of the fast fluidized bed, eight
parameters are needed: voidages in the dispersed and the clus-
ter phases ¢4, and &, respectively; superficial gas velocities
in the dispersed and the cluster phases Uy, and Uy respec-
tively; superficial particle velocities in the dispersed and the
cluster phases U,g, and Upc respectively; diameter of cluster
dc; volume fraction of cluster phase f. The eight parameters of
the local bed structure can be predicted by using the EMMS
model when the superficial gas velocity Uy superficial parti-
cle velocity Up, gas density oy, gas viscosity uy, particle density
pp, and particle diameter dp are given, as was proposed by
Li and Kwauk [32], and improved upon by other researchers
[19,35].

The resolution of structure and gas-particles interaction in the
fast fluidized bed is shown in Fig. 1, indicating that if mass and
heat transfers are simulated, additional parameters are needed,
viz., the component concentrations of gas in the dispersed phase
and the cluster phase, c¢; and c.; the temperatures of gas in the
dispersed phase and the cluster phase, tf and tr; the tempera-
tures of particles in the dispersed phase and the cluster phase,
tpd and t,; the concentrations of active components near the sur-
face of particles in the dispersed phase, in the cluster phase and
on the surface of the cluster, ¢y, ¢sc and cg; respectively. These
parameters can be obtained by using the mass conservation equa-
tions and heat conservation equations for the dispersed phase
and cluster phase respectively. The parameters for gas—particles
interaction, i.e., drag coefficient Cp, mass transfer coefficient Ky
and heat transfer coefficient oy, are functions of the structure
parameters.

3. Coefficient of mass transfer E

3.1. Coefficient of mass transfer between gas and particles in
homogeneous gas—particles system

In this case, the Yung-La Nauze [11] equation, Eq. (2), is rec-
ommended where Sh is the Sherwood number, Sc is the Schmidt

number, and ¢ is voidage:

Sh = %d" (3)
Sc = [% 4)

In the above equations, D is the gas diffusion coefficient, and K
is the coefficient of mass transfer. Substituting Eqs. (3) and (4) into
Eq. (2) yields:

1/2 1/3

Usd

K=sh2 —26D opel (Z22L) (K (5)
dp dp dp Efbs pr

3.2. Coefficients of mass transfer between gas and particles in
dispersed phase, in cluster phase, and interface for heterogeneous
gas—particles system

Fig. 1 shows, analogous to Eq. (5), the interactions between gas
and individually dispersed particles Ky, and particles inside clusters
K¢, and particles outside the clusters Kj, respectively as

1/2 1/3
Uyd
Ky = 2642 +0.69 2 [ Zsa%ls Hr (6)
dp dp Eqlbf ,OfD
1/2 1/3
Used
Ke=2ec2 0602 (=) (1 (7)
dp dp \  eclus ofD

D D Ude p 1/2 M 1/3
- oD D side O £
Ki = 2eq(1 = f)g- +0.69 - <8d(1 —f)uf> <pr> (8)

where Uy, is the superficial slip velocity between the gas and indi-
vidually dispersed particles:

€
Usg = Upg — Updﬁ (9)

Usc is the superficial slip velocity between the gas and particles
inside clusters:

€
and Ug; is the superficial slip velocity between the gas and particles
outside clusters:

U Upc
Ug = (de - Upc]f—d&) (1-f)= <gf - 1_"8> ea(1-f) (11)
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Fig. 2. Mass transfer between gas and particles in differential elemental slice.

3.3. Mass transfer between gas and particles in heterogeneous
gas—-particles system

Fig. 2 shows the mass transfer between the gas and particles in
a horizontal differential elemental slice of a fast fluidized bed.

The mass M of active components transferred from the surface
particles to gas phase in the elemental slice consists of four com-
ponents: mass My transferred from individually dispersed particles
to gas in the dispersed phase, mass M, transferred from particles
inside clusters to gas in the cluster phase, mass M; transferred from
particles on the surface of clusters to gas in the dispersed phase, and
added mass M, transferred from particles to gas due to aggregating
and dispersing of the particles, expressed respectively as follows,

My = KgapAdz(1 — e4)(1 — f)(Csq — €4) (12)
M = KcAdz(ap(1 — ec)f — ac(1 — ec)f )(cse — cc)

= KcAdz(ap — ac)(1 — &c)f(csc — ¢¢) (13)
M; = KjacAdz(1 — &c)f (¢ — c4) (14)
Mg = mgAdz (15)

where a, is the specific surface area of the particle, a, =6/d, for
a spherical particle; a. is the specific surface area of the cluster,
ac =6/d. for a spherical cluster; mq is added mass transferred from
particles to gas due to aggregating and dispersing of the particles
in unit volume of the elemental slice.

It should be noted that when the interfacial area between the
gas and particles in the cluster phase is calculated, the contact area
between the particles on the surface of the cluster and gas in the
dispersed phase should be subtracted as shown in Eq. (13).

Mass conservation calls for the following mass balance:

M = Mc +Mg4 +M; + Mg (16)
Substituting Eqs. (12)-(15) into Eq. (16) yields:

M = (Kgap(1 — £4)(1 = f)(csqg — €a) + Ke(ap — ac)(1 — &c)f (€sc — cc)
+K;iac(1 — &0 )f(csi — ¢q4))Adz + mgAdz (17)

3.4. Averaged coefficient of mass transfer@

The averaged coefficient of mass transfer is defined as
M = KrapAdz(1 — &f )(cor — Cf) (18)

where ¢; and ¢y are the averaged concentrations of active compo-
nents in the gas and on the surface of particles, and cf is defined
as

crep = cqeq(1 —f)+ cefec (19)

The equation for the averaged coefficient of mass transfer@ can
thus be given by comparing Eq. (17) with Eq. (18) as follows:

e Kaap(1—£4)(1=f )(sa—Ca)+Ke(ap—ac)(1—ec )f (cse—cc )+Kiac(1—&c )f (Csi—Ca)+Ma
= ap(1—¢5)(coyr—Cr)

(20)

The traditional equation for the averaged coefficient of mass
transfer as shown below:

1/2 1/3

_ Usd,

Ky = 26,2 40,690 (00l L (21)
dp dp Efuf ,OfD

is however quite different from Eq. (20). The averaged coefficient of
mass transfer@ is affected by many parameters of the bed structure
for the heterogeneous gas-particles flow system rather than by the
average voidage ¢ and the superficial slip velocity Us only.

4. Mass transfer equation for the dispersed phase and
cluster phase

The purpose of developing mass transfer equations for the
cluster phase and for the dispersed phase is to determine the con-
centrations of active component in the gas of the cluster phase
and in the gas of the dispersed phase, c. and c; respectively. The
mass of active components transferred from the surface of the par-
ticles to gas in the dispersed phase consists of four parts: mass My
and mass M; as mentioned above, mass M, transferred from high-
concentration gas in the cluster to the low-concentration gas in
the dispersed phase by diffusion and seepage, and M, transferred
from particles to gas in the dispersed phase due to aggregating and
dispersing of the particles.

According to the principle of mass transfer:

M, can be expressed by

My, = AdzKgeacfec(cec — cg) (22)

where Ky is the coefficient of mass exchange between lower con-
centration gas in the cluster phase and higher concentration gas in
the dispersed phase, and, for spherical particles, can be expressed
by the equation developed by Higbie [36]:

De. 4Degc

Ky = 2.0d—c + 0 (23)

where t; can be written as

t; = de (24)
|(Ufc/5c) — (Upc/1 - 9c)|

Mgyq = madAdz (25)

The mass of active component M;,,4 entering the elemental slice
should be

Ming = UpgA(1 - fey (26)

The mass of active component M,,,4 exiting from the elemental
slice should be

Mouta = UggA(1 = f)(cq + dcg) (27)

Thus the mass conservation equation for the active gas compo-
nent in the dispersed phase can be expressed as

Mouta — Ming = Mg + M; + Myc + Mgq (28)
Substituting Egs. (12), (14), (22), (25)-(27) into Eq. (28) yields:

Upn(1 —f)% = Kyap(1 — g4)(1 — f)(csq — cg)+Kiac(1 — ec)f (csi—cq)

+Kgcacfec(ce — cg) + Mgy (29)
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Fig. 3. The simulation domain.

Similarly, the mass conservation equation for the active gas
component in the cluster phase can be derived as follows:

d
ufafgzxc(ap—ac)(l — e)f(Cse—Ce)—Kyeaefec(Ce—Cq)+mac  (30)

where mg. is the added mass transferred from particles
to gas in the cluster phase due to aggregating and dis-
persing of the particles in unit volume of the elemental
slice.

However, under steady conditions, the dispersion of particles
should equal their aggregation, thus counteracting each other.
Therefore, My My4 and Mg, which represent the mass transferred
from particles to gas due to aggregating and dispersing of the parti-
cles, could be neglected, as has been discussed in detail elsewhere
[31].

Fig. 4. Comparison of simulation with the Subbarao’s and Gambhir’s [33] experi-
mental data (d, =395e—6m) and simulation (blue: ur=4m/s; red: uy=5m/s, black:
ur=6m/s; dot: experimental data; line: results of simulation by Eq. (20); dot line:
results of simulation by Eq. (21)). (For interpretation of the references to colour in
this figure legend, the reader is referred to the web version of the article.)

Fig. 5. Axial voidage distribution along the bed height.

5. Case study and calculation of mass transfer coefficient
5.1. Determination of boundary conditions

In this work, the averaged coefficient of mass transfer derived
experimentally by Subbarao and Gambhir [33] will be calculated.
Subbarao employed sand to adsorb naphthalene from saturated air
in a fast fluidized bed to measure the mass transfer between gas
and solid [33]. According to the conditions of the experiment, the
process, in which the naphthalene in air is adsorbed by sand, is
controlled by outside diffusion, and the desorption of naphthalene
can be ignored; thus the naphthalene concentration on the surface
of sand can be assumed to be zero, that is ¢; =0.0, ¢sc=0.0, ¢4 =0.0
and ¢, =0.0.

Since air is saturated with naphthalene upon entering the flu-
idized bed, the boundary can be written as:

Celz=o =" (31)

c4 c* (32)

z=0
where c* is the naphthalene concentration at the saturated vapor
pressure at a certain temperature.

For the given conditions, the heterogeneous flow structure (&,
&d»f, dc, Use, Ugg and Us;) thus accords with the original EMMS model
[32]. Mass conservation for naphthalene in the gas consists of Egs.
(29) and (30) and the boundary conditions of Egs. (31) and (32).
These are ordinary linear differential equations with given initial
and boundary values, subject to standard solutions by Jenson and
Jeffreys [37].

Fig. 6. Radial voidage distribution as function of bed height.
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5.2. Determining concentration of active component near solid
surface during reaction

In this paper, a first-order irreversible reaction is assumed to
take place in a fast fluidized bed. In order to determine the concen-
tration of active component near the solid surface, the equations for
mass balance between reaction and mass transfer in the dispersed
phase, in the cluster phase, in the inter-phase, and in the overall
unit of reactor are given as follows.

For the dispersed phase,
kr(1 = €4)(1 = flcsan = Ka(1 — £4)(1 = flap(cq — Csa) (33)

For the cluster phase,

kr ((1 —e)f —2(1- ec)fj—':) e = Ke((1 - &c)fap — (1 — ec)fac)(ce —cse)  (34)
For the inter-phase,

2k (1 - sclf%csm =Ki(1 — ec)fac(cq — csi) (35)
For the overall unit volume of reactor,

kr(1— gp)ceen = Kp(1 — p)ap(cp — cof) (36)

Based on the above equations, the equation for the averaged
concentration on the surface of particles can be written as

C

(1—ep)ey = (1 =) =F)esa+ ((1 —ec)f —2(1- sc)f‘;") Cse
dp
+2(1 —8c)f?C5i (37)

where 7 is the inter-diffusion effectiveness factor and k; is the
reaction rate constant for unit volume of catalyst particles.

In the above five equations only four equations are independent.
Theoretically, only four among the five equations (33)-(37) need to
be solved together with Egs. (29) and (30) in order to determine the
valuesofcy, cg, Cse, Csas Csis €. However, if the appropriate equations
are not chosen, the numerical calculation might not converge. In
general, if reaction takes place mainly in the dense phase, Egs. (33),
(35)-(37) will be chosen; otherwise Eqgs. (33), (34), (35), and (37).

5.3. Mass transfer model based on bed structure coupled with
CFD model

Unlike the conventional CFD model, which assumes uniform
active concentrations in each calculating grid, in the MSMT model
the active concentration in each grid can be divided into two parts:
the active concentration in the dispersed phase c; and that in the
dense phase c.. Thus, the active component is transported through
convection, diffusion and exchange between the dense phase and
the dispersed phase in each grid, and their respective mass conser-
vation can be written as follows.

In the dispersed phase:

N =DeaPeXa) | (1) gpgXaUjs—(1~f )6aPs DtV Xg)~54=0.0

ot
(38)
In the dense phase:
I(fecpeX,
% + V(fec pgXcUpe — fec pgDmiVXe) — Sc = 0.0 (39)

where X, and X, defined as the mass fractions of the active compo-
nent in the dispersed phase and the dense phase, can be calculated
by the following equations:

Cd
Xg=— 40
e (40)
Cc
X = — 41
- (41)

Based on Egs. (29) and (30), S; and S can be calculated as fol-
lows:

Kya
Sa = Kgap(1 — eq)(1-f) (k an‘;a —1) Xq
T P

Kiac

Kiae(1 - L S—
+Kiael *’"”V(Mrn(dp/dc)wac

1 ) - Xg+Kgeacfec(Xe—Xq)
(42)

Kc(ap—ac)
ke(1-2(dy /de))+Ka(ap—ac

SE:I<C(ap7aC)(] —ec)f ( ) *]> Xc—Kacacfec(Xe—Xq)

(43)

5.4. Solving Egs. (29), (30), and Egs. (38), (39)

Egs. (29) and (30) are typical ordinary equations with known
initial values, which can be solved by a numerical method, e.g.,
Runge-Kutta, calling for only local averaged flow structure param-
eters from the EMMS version developed by Li and Kwauk [32].
However, Egs. (38) and (39) are partial differential equations, and
uniform flow structure parameters are required for solving these
equations, for which local averaged fluid information needs to be
first provided by the two-fluid model (TFM) using Fluent 6.2.16, and
then the local averaged flow structure parameter can be obtained
from local averaged flow information in each calculation grid by
EMMS [19]. Thus, Egs. (38) and (39) can be solved by the user
defined scalars (UDS) provided by Fluent 6.2.16, as described in
detail in Appendix A. And the geometrical structure of the fast
fluidized bed employed in calculating is described in detail in Fig. 3.

6. Result and discussion

In this work, the averaged coefficient of mass transfer of the
whole bed has been calculated, and the results of the simulation
are compared with the experimental data reported by Subbarao
and Gambhir [33]. Fig. 4 shows that the simulation based on the
current theory better approaches the experimental data than that
of the traditional method of Eq. (21).

However, in order to further test and verify the theory for the
case affected by both mass transfer and reactions in a fast fluidized
bed, the process of ozone decomposition performed by Ouyang
et al. [34] is simulated. The FCC particles are fluidized by air, and
the ozone concentrations are measured axially and radially. Before
calculating mass transfer in the fluidized bed, the fluid hydrody-
namic is first simulated and compared with the experimental data
as shown in Figs. 5 and 6. This indicates that the S-shape voidage
profile axially and the low solids concentration at the center but
high density near wall radially can be captured based on the drag
model in this work, with good agreement being shown experi-
ment and simulation. In Fig. 7, the average parameter means the
averaged heterogeneous structure parameters for whole fast flu-
idized bed given by the first version of EMMS model developed by
Li and Kwauk [32], which assumes that the heterogeneous struc-
ture parameters are same in the whole fast fluidized bed. The local



114 B. Hou et al. / Chemical Engineering Journal 163 (2010) 108-118

Table 1
Governing equations for two-fluid model and its constitutive relations.

Continuity equation (k=g,s)

e
AL 1 V(e prue) = 0

Es+eg=1
Momentum equation (k=g,s;1=s, g)

e
HUPt) 4 (e prugtae) = —exVPg + exprg + Vi + Bl — ug)
Species conversion equation for TFM

(g pgX

(fga/ig D)4 V(egpgigXi) = —€gpgD;VX; +R;
Species conversion equation for MSMT
Eqgs. (38) and (39)
Gas phase stress
Tg=2UgSg
Solid phase stress
Ts=[—ps+As V us]6+2sSs
Deformation rate
Sk =3[V + (Vu)'] - ivus
Solid phase pressure
Ps=¢spsO[1+2(1 +e)esgo]
Solid phase shear viscosity

o , 2 2

s = 3€2psdpgo(1+e)y/ € + ('fig')’gge [1 +23(1+ e)esgg]
Ms.dilute = g%psde e
Solid phase bulk viscosity

he = $e2pudogo(1 +€)y/€

Radial distribution functions
-1
N\1/3
o= |1- ()"
Granular temperature equation
3 [w + V(sspsuS@)] =1,: Vus— Vg -y + C,C - 38O

Collisional energy dissipation

Y =3(1-e?)e?psgo® [% %’—Vus}

Flux of fluctuating energy

q=—kV®

Conductivity if the fluctuating energy

K = ZEOHE/5) 1 +e)esgo
- (1+e)go

kk = 72 d, psv/ O
ke = 2&2 psdpgo(1 + e)\/g
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structure parameters means the heterogeneous structure parame-
ter in every calculating grid, this can be gotten the model developed
by Wang and Li [19]. Fig. 7 compares experimental data with calcu-
lation results for the longitudinal ozone concentration distribution,
indicating fast ozone decomposition at the bottom of the bed. This
is mainly attributed to the high starting ozone concentration and
the S-shaped voidage profile in the fast fluidized bed. With increas-
ing bed height, the rate of ozone decomposition decreases rapidly,
until near the exit of the bed, it changes only slightly. Fig. 7 further
shows that the present simulation theory approaches the experi-
mental data more closely than the TFM and the plug-flow models.
Fig. 8 compares the simulation results against experimental data for
radial distribution of ozone concentration at different bed heights,
indicating that except for the bottom of the fluidized bed, agree-

ment is good. The difference at the bottom of the fluidized bed
might be attributed to the difficulty of close measurement, as has
been reported in the literature [34].

Dong et al. [28] also simulated the above cases, finding good
agreement with the experimental data, without, however, con-
sidering the effect of the local structure on mass transfer, and
employing the reaction rate constant including the influence of
outside diffusion. But for most industrial processes, the rate of
outside diffusion should be considered a function of slip velocity
between gas and solid. The compromise between inside diffusion,
outside diffusion, and intrinsic kinetics in the process of reaction,
needs to be considered as a whole. However, at an ambient tem-
perature the ozone decomposition reaction is mainly controlled by
the intrinsic kinetics in each phase, so that the predicted result by

Fig. 7. Vertical ozone concentration distribution: comparison of simulation with Ouyang et al. [34] experimental data.
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Fig. 8. (1) Radial ozone concentration distribution: comparison of simulation with Ouyang et al. [34] experimental data. (2) Radial ozone concentration distribution:

comparison of simulation with Ouyang et al. [34] experimental data.

Dong et al. [28] is still in good agreement with the experimental
data.

Fig. 9 shows the simulated ozone concentrations in the gas and
on the surface of particles of dispersed phase, cluster phase, and
the inter-phase, based on the averaged flow structure parameters
under the operating conditions in Fig. 7. From Fig. 9, it can be seen
that in the gas of the cluster phase the ozone concentration quickly
decreases to almost zero at the bottom of reactor and is kept very
low throughout the whole reactor. However, the ozone concen-
tration in the gas of the dispersed phase changed slowly and is
higher than in the cluster phase. This kind of phenomenon can

be attributed to the heterogeneous structure in the fast fluidized
bed; in other words, the catalyst is mainly included in the cluster
phase. So that the reaction mainly happens in the cluster phase, the
reaction of ozone decomposition in this circulating fluidized bed
is controlled by the mass exchange of gas between the dispersed
phase and the cluster phase.

Fig. 10 shows the differences between the ozone concentration
on the surface of particles and the ozone concentration in the gas
in the dispersed phase, cluster phase, and inter-phase at the same
operating conditions as in Fig. 9. It can be seen from Fig. 10 that,
although the ozone decomposition reaction has been known to be
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Fig. 9. Comparison of ozone concentration in gas of dispersed phase and cluster
phase with that on the surface of particle in the dispersed phase, cluster phase, and
in the inter-phase.

Fig. 10. Difference of the ozone concentrations between in the main gas and on
the surface of particle in dispersed phase, in cluster phase and in the inter-phase
respectively.

mainly controlled by the intrinsic kinetics in every phase, there are
still the concentration differences between the gas and on the sur-
face of particles in the dispersed phase, in the cluster phase and in
the inter-phase. This implies that the reaction of ozone decomposi-
tion in every phase is slightly influenced by the outer diffusion. This
phenomenon has also been described by Gidaspow and co-workers
[29,30].

Table 2

Parameters setting for the simulation.
Particle diameter 65 um
Particle density 1380 kg/m3
Grid size, Ax 2mm
Grid size, Ay 16 mm
Riser height 10.85m
Superficial gas velocity, Ugo 3.8
Solids flux, Gs 106
Initial bed height, Hy 1.25
Coefficient of restitution 0.93
Time step 2.5e—4s

Unsteady formulation

Pressure-velocity coupling

Momentum discretization

Maximum number of iterations per time step
Convergence criteria

Maximum solid packing volume fraction

First-order implicit
Phase coupled SIMPLE
First-order upwind
30

1.0e-3

0.63

Fig. 11. Relation between ozone concentration profile and reaction rate constant.

The dimensionless ozone concentration as a function of the
rate of the intrinsic reaction, which is simulated on the basis of
averaged flow structure parameters, is shown in Fig. 11. It can
be seen that when the intrinsic rate is less than 10, increasing
the intrinsic rate will lead to a major increase in the ozone con-
version along with the bed height; this means the reaction in
the reactor is controlled by the intrinsic kinetics. However, when
the intrinsic rate reaches 50, with the increase in the chemical
intrinsic rate, the ozone concentration profile will not be changed
in the whole reactor except at the bottom of the bed, which
means the controlling step shifts from the chemical intrinsic rate
to the mass exchange between the dispersed phase and cluster
phase.

In Fig. 12, the dimensionless ozone concentration as a func-
tion of the diameter of cluster, which is simulated with the
intrinsic reaction rate 57.2 and other conditions from the lit-
erature [34], is shown. From this figure, it can be seen that
with a decrease in the diameter of the cluster, the conver-
sion of ozone is greatly improved. But when the diameter of
the cluster reaches a certain small value, the ozone conver-
sion closely approaches the results of the plug-flow model.
This means the controlling step shifts from the mass exchange
between the dispersed phase and the dense phase to the chemi-
cal reaction intrinsic rate for ozone decomposition at the normal
temperature, and the influence of cluster on mass transfer disap-
pears.

Fig. 12. Relation between ozone concentration profile and diameter of cluster (dc
represents the diameter of cluster got from EMMS based on the experimental con-
dition reported by Ouyang et al. [34]).
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7. Conclusion

Based on the above discussion and comparison, it was found
that there are the heterogeneous gas-particles flow structure has
significant effects on the mass transfer process and mass transfer
coefficient in fast fluidized beds. By comparing the simulation and
experimental data for ozone decomposition in a fast fluidized bed,
the results suggest the theory of MSMT, based on the local bed
structural parameter, can better characterize the natural proper-
ties of the process of coupled mass and reaction in the fast fluidized
bed than other traditional methods. In addition, the compromises
between inside diffusion, outside diffusion, and intrinsic kinetics is
considered in the MSMT model, which provides a common method
to deal with the process of coupled mass and reaction in a fast
fluidized bed. And using the MSMT, the active component concen-
trations in the gas and on the surface of the particles in the dispersed
phase, in the cluster phase, and in the inter-phase can be calculated;
thus the controlling step in every phase and throughout the whole
reactor can be disclosed, providing the theoretical basis for design-
ing and operating a highly efficient fast fluidized bed reactor. To
sum up, the MSMT model in this paper can provide more accurate
information about mass transfer and reaction in fast fluidized beds
than other traditional methods, and it is expected that the MSMT
model will be used to successfully scale-up and design fast fluidized
beds in the future.
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Appendix A. Appendix A

In this work, Gambit_2.2 was employed to generate the com-
putational grid and Fluent 6.2.16 was used as the solver. In the
calculation process, at first, the bed structure parameters can be
solved by EMMS [19], based on the averaged voidage and the veloc-
ity of gas and solid from CFD. Thus the drag in Table 1 can be
obtained, and Egs. (38) and (39) can be solved by the function of
UDS in the Fluent 6.2.16.

In the fluidized bed, the solid phase is often treated as fluid
phase. Therefore, the Eulerian model can be used to model gas-solid
fluidized bed reactors. And the granular kinetic theory is employed
to calculate the viscous forces and the solid pressure of the particu-
late phase. The governing equations in Eulerian notation are given
in Table 1.

The differential equations in Table 1 can be solved by a finite
volume method. These equations are discretized by the first-order
upwind differencing scheme over the used finite volume. The pop-
ular SIMPLE algorithm by Patankar [38] is used to solve the pressure
from the gas phase momentum equation. Each simulation is per-
formed for up to 25s of real-time.

The inlet at the bed bottom is designated as the velocity inlet
boundary condition for both the gas and solid phases. The bound-
ary condition at the top of the bed is a pressure boundary fixed at
atmospheric pressure. Solids are leaved from the top due to drag
force and then return to the computational domain from the bot-
tom inlet with the same mass flux. Other boundary conditions are
specified as the wall, which are all set as no-slip wall boundary
conditions for both the gas and solid phases. The parameters of the
simulations are described in Table 2.

In Table 1, the drag in the calculating grid can be written as:

(1-¢)
/6df3 D5 pf|Us‘Us dp

The equation for the averaged drag coefficient Cp can be
expressed as

f(1 - l‘96)(1 - Z(dp/dc CDc Usc| Usc
——  +(1 )1~ £q)Coa |Usa| Usa +f(dp/dc)Cpi |Usi| Us;
(1 - &) |Us| Us

Fp= (A-1)

(A-2)

where Cp; is the coefficient of drag between two phases, Cp, is
the coefficient of drag in the cluster, Cp, is the coefficient of drag
in the dispersed phase. The above equations for the drag in the
calculating grid have been described in detail in the literature [36].
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